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Abstract:

This work presents a systematic evaluation of the membrane and process characteristics of a scaled-
up pressure retarded osmosis (PRO). In order to meet pre-defined membrane economic viability (> 5
W/m?), different operating conditions and design parameters are studied with respect to the
increase of the process scale, including the initial flow rates of the draw and feed solution, operating
pressure, membrane permeability-selectivity, structural parameter, and the efficiency of the high-
pressure pump (HP), energy recovery device (ERD) and hydro-turbine (HT). The numerical results
indicate that the performance of the scaled-up PRO process is significantly dependent on the
dimensionless flow rate. Furthermore, with the increase of the specific membrane scale, the
accumulated solute leakage becomes important. The membrane to achieve the optimal
performance moves to the low permeability in order to mitigate the reverse solute permeation.
Additionally, the counter-current flow scheme is capable to increase the process performance with a
higher permeable and less selectable membrane compared to the co-current flow scheme. Finally,
the inefficiencies of the process components move the optimal APD occurring at a higher
dimensionless flow rate to reduce the energy losses in the pressurization and at a higher specific
membrane scale to increase energy generation.
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1. Introduction

Renewable energy sources are increasingly becoming popular due to the shortage of the fossil
fuels and the concerns of the global warming. In recent decades, renewable technologies, such as
solar, wind, tidal, wave, biomass and energy storage devices, have been significantly investigated
and are being applied widely in both industrial and private applications [1, 2]. However, due to the
inherent intermittence of the most renewable energy sources, the stability and robustness in the
case of energy generation from renewable energy sources need to be addressed [3, 4]. Osmotic
energy, or salinity energy, released from the mixing of the salinity gradients (such as freshwater,
river water and seawater) is also a source of renewable energy that is eco-friendly with no significant
emission of greenhouse gases. In addition, compared to other renewable energy sources, it is less
periodic and has no significant operational hazards. Pressure retarded osmosis (PRO) is one of the
most developed technologies for osmotic energy extraction, which is reported achieving both higher
efficiencies and higher power densities than the reverse electro-dialysis [5]. PRO is an osmotic driven
membrane process. In PRO, water from an unpressurized low concentration side is transferred to a
pressurized high concentration side due to the osmotic pressure difference between the membrane
surfaces. Then, the permeation flows into a hydro-turbine and is expanded to generate electricity.
PRO was invented by Sidney Loeb in 1970s’ [6], and developed rapidly in recent years due to
significant improvement of membrane performance [7] and innovative design [8]. In 2009, Statkraft,
a Norwegian state-owned power company, opened the first PRO process and started to test the
novel technology in real life [9]. However, in order to make PRO commercially attractive, the power
density achieved was estimated to be at least 5 W/m? [10].

Previous studies mainly focused on the development of the high performance membrane and the
evaluation on the lab-scale PRO process. In a lab-scale PRO process, as the limited membrane area
utilised, the performance is actually the maximum or peak power densities. With a scaled-up process,
the strengthened draw dilution and feed concentration accompanying with the water and solute
transfer are inevitable and the realistic process performance would be totally different. Due to
significantly improved membrane performance, the realistic PRO salinity power generation has
become a hot topic in the field. But the accumulated detrimental effects during the mass transfer
across the membrane substantially restrict the overall salinity energy generation. These detrimental
effects commonly exist in osmotic-driven membrane process, including the internal concentration
polarization (ICP) inside the support layer, external concentration polarization (ECP) on the draw
solution side near the membrane surface, and the reverse solute permeation (RSP) across the
membrane from the draw to the feed. A systematic study on these performance limiting effects of a
lab-scale PRO have been carried out by Yip et al. [11]. The flux models of the water and solute
considering all the ICP, ECP and RSP were derived and verified with the experimental results of
different membrane properties [12]. Therefore, numerical modelling of the scaled-up PRO process
can be developed on the basis of these transport equations to study the design and operation [13].

In fact, model development and numerical modelling of the scaled-up PRO process considering
the ICP, ECP and RSP effects along the membrane channel and the spatial distribution of the
concentration and flow rate have been investigated by several research groups worldwide. From the
membrane module-level, a thermodynamic model of PRO is proposed [14] and the thermodynamic
limits of the PRO process was identified by evaluating the extractable energy in reversible operation
and constant-pressure operation [15]. A further model considering the effects of ICP, ECP and RSP is
proposed and studied by Straub et al [16]. In addition to the model of the module-scale PRO,



inspired by the theory and design of the heat exchangers, Banchik et al. [17] and Sharqawy et al. [18]
studied the reverse osmosis (RO) and PRO process as the membrane mass exchangers and derived
systematic effectiveness-mass transfer units (e-MTU) models for the future design in practice [17,
18]. They also investigated the overall membrane performance and identified the optimum
operations of a PRO process based on e-MTU model considering the CP effect [19]. Naguib et al.
developed two procedures for modelling PRO including bench-scale membrane samples and
commercial scale processes [20]. According to the simulation of the two selected commercial length
membranes, average power densities were 4.6 and 5.6 W/m* [20]. In our previous study, a
modelling framework of scaled-up PRO considering these detrimental effects is developed [21].

Based on these models, different configurations and operations of the scaled-up PRO are studied.
In these investigations it is manifested that, due to the benefiting advantages of RO and PRO, hybrid
RO-PRO system has become a hot topic. Kim et al. evaluated and compared four configurations of
RO-PRO systems by numerical modelling considering the spatial distribution of concentration and
velocity based on mass balance principle [22]. A PRO pilot system was studied by simulation and
experiment in a hybrid RO-PRO process [23, 24]. According to the model-based simulation, it is
estimated that the maximum power density of PRO can be approximately achieved up to 10 W/m? in
the hybrid system by using virtual membrane [23]. While in the pilot system, average experimental
power densities for the RO-PRO process ranged from 1.1 to 2.3 W/m? [24]. Recently, a novel solar PV
assisted hybrid RO-PRO desalination plant is investigated and the simulations indicated the
increased detrimental effects in PRO at the low fraction of the solar PV energy [25]. After all,
development and validation of mathematical models of the scaled-up PRO process have been widely
investigated. However, all the prior numerical investigations are mainly focused on the developing
modelling framework of the evaluation of the detrimental effects in a scaled-up PRO. In these works,
only one or two selected membranes are investigated by simulation to address the non-ideal effects
coupled with the increased process scale. There is lack of the studies to investigate the integrated
effect of the membrane permeability-selectivity with increased process scale and the operating
conditions.

In fact, the challenge in a scaled-up PRO process is the decreased average power density with the
increase of the process scale [26]. According to the analysis carried out by Statkraft [10], the
satisfactory power density should be no less than 5 W/m? to achieve economic viability. Due to
inherent trade-off challenge between power density and specific energy in a full-scale PRO process
[16], optimizing the process configuration, membrane properties, operating conditions and
components efficiency including high-pressure pump (HP), energy recovery device (ERD) and hydro-
turbine (HT) are crucial to balance these two objectives and to improve the performance of PRO
process. For accelerating the implementation of PRO process, therefore, the process dynamics and
the influential factors of the scaled-up PRO process need to be investigated and figured out.
Moreover, membrane is the core component in the PRO process and its performance determines
the overall economic and energy performance of the system. Several investigations focusing on the
membrane fabrication reported the existence of permeability-selectivity trade-off relationship.
These studies also addressed the optimum membrane properties and the resulting maximum peak
power densities by developing sensitivity analysis of membrane properties in a lab-scale PRO [11].
Furthermore, in a scaled-up PRO, the existing trade-off relationship of the membrane permeability
and rejection is coupled with the spatial variations of the flow, heat and mass transfer, the problem
becomes complicated. In order to improve the particular membrane properties for a scaled-up PRO,



a balanced membrane performance needs to be identified considering different operating
conditions and the increase of the process scale. However, there is no reported published work on
the membrane sensitivity analysis on the scaled-up PRO performance with respect to different
operating conditions. Only a particular membrane with a selected set of membrane water
permeability coefficients, solute permeability coefficients and structural parameters was selected for
studying the module-scale or scaled-up PRO process in previous studies [13, 15-19, 21, 23].
Therefore, in this study, a sensitivity analysis of the membrane properties aims to be developed in a
scaled-up PRO to investigate the optimum properties in different operating conditions, such as
different flow schemes (co-current and counter-current flow scheme) and flow fractions of the
salinities. Additionally, at a system-level, energy losses in energy generation, water pumping and
pressurisation significantly affect the overall performance of the scaled-up PRO. Therefore, in this
study, the effects of the inefficiencies of the components (HP, ERD and HT) are also addressed in this
study.

2. Mass transfer in pressure retarded osmosis
2.1. Pressure retarded osmosis and two basic flow schemes
(a)

Diluted Draw
ERD B
5| ERD
Draw
PRO Membrane HT
HP Module Pressurized
Permeation Exhausted
Feed Stream
> —_—
Concentrated
Feed
(b) (c)
PRO Membrane PRO Membrane
Draw Module Diluted Draw Draw Module Diluted Draw
—_— e
e > €« 1
Feed Concentrated Feed Concentrated Feed Feed

Figure 1 Schematic diagram of a classic PRO process in (a). Two simple flow schemes of the process, the co-current flow
scheme and the counter-current flow scheme, are shown in (b) and (c), respectively.

PRO uses the natural phenomenon of osmosis to permeate water across a semi-permeable
membrane from a side with low solute concentration and low hydraulic pressure to a side with high
concentration and high pressure. A classic PRO process is illustrated in Fig. 1(a) in which a HP, an ERD,
a PRO membrane module, and a HT are included. In this study, the scale of the PRO membrane
module refers to the membrane area used in the module. The permeated water is transferred from
the feed side to the draw side due to the non-zero osmotic driving force. In a classical PRO process,
partial of the diluted draw solution from the outlets is used to pressurize the initial draw solution in
the ERD, and the pressurized permeation (remaining diluted draw solution) is expanded in the HT to
generate electricity. As water is transported across the membrane, the draw solution becomes
progressively diluted and the feed solution becomes concentrated.

Simple co-current and the counter-current flow configurations are illustrated in Fig. 1(b) and 1(c),
respectively. In a co-current PRO process, both the draw and feed solution flow in the same direction
(from the left to the right as illustrated in Figure 1(b)). Flowing in the same direction of the flow
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along each flow channel, the concentrations of the draw solution and the feed solution are changing.
Conversely, in a counter-current PRO process, the draw and the feed solution flow in the opposite
directions (from the left to the right for the draw solution and from the right to the left for the feed
solution as illustrated in Fig. 1(c)).

2.2. Mathematical model
In a PRO process, the membrane power density is determined by the trans-membrane hydraulic
pressure difference and the water permeation flux across the membrane [10] represented as,

0
W=J, AP, (1)
where J,, is the water flux across the membrane. It can be expressed as
Jy, =AAz, —AP,,) (2)

where A is the membrane permeability coefficient, Az, and AP, are the osmotic pressure
difference and hydraulic pressure difference between the two sides of the membrane surface. Due
to negligible pressure drop along the flow channel, constant hydraulic pressure difference is
considered within the membrane module. The osmotic pressure of a dilute solution can be
estimated by using the van’t Hoff’s law. In this study, with the modified van’t Hoff coefficient [17,
18], the osmotic pressure difference can be represented as,

Ar_=C

m OS(CD,m

_CF,m) (3)

where C, is the modified van’t Hoff coefficient from [17, 18], ¢, , and ¢, , are the concentration

D,m
of the draw and feed solution near the membrane surface in the draw and feed channel,
respectively.

In an ideal PRO process, at the steady-state operation, the concentration of the salinity in each
solution is distributed homogenously that there is no difference of the concentration between the
bulks and the flows near the surface of the membrane. However, during the mass exchange process
in a PRO process, with the current membrane performance, the ICP, ECP and RSP effects are not
negligible. Due to the existence of these performance limiting effects, the real net driving force of
the water transportation is lower than the net driving forces estimated in terms of the bulks. Yip et
al. developed a systematic investigation of all the performance limiting phenomena on water flux
and power density of PRO process [11]. According to Yip et al.’s work, considering the ICP, ECP and
RSP, concentration difference between the two sides of the membrane can be represented as

Com—Com = c, pr(—]W / k)—c. exp(J,,S /D) ()
1+J—[exp(JWS/D) —exp(—J,, / k)]

w

where ¢, and ¢, are concentrations of the bulk draw and the bulk feed, respectively. B is the
membrane solute permeability coefficient, D is the bulk diffusion coefficient, k=D/¢5 is the

boundary layer mass transfer coefficient in which & boundary layer thickness, and S=t.r /¢ is the



support layer structural parameter in which t, is the thickness of the porous layer, z and ¢ are the
tortuosity and porosity of the support layer of the membrane respectively.

On the basis of the concentration difference across the membrane surfaces, the water flux and
the reverse solute permeation flux can be obtained. The water flux considering the ICP, ECP and RSP
effects can be expressed as

c, exp(—J,, / k)—c. exp(J,S /D)

J,, =A(C,,( )—APo); (5)

1+J—(exp(JWS/D)—exp(—JW / k)

w

In addition, different from the water flux, the reverse solute flux is only dependent on the
concentration difference. It can be represented as

I, =Blc,, —c,,) =B c, exp(—J,, / k)—c.exp(J,, S /D)

) (6)
1+ J—(exp(JWS / D)—exp(—J,, / k))

w

Both the water flux and reverse solute permeation flux are the local mass transfer rates. The
overall performance of the entire membrane usage can be obtained by integrating the fluxes along
the membrane usage. The water flux across the membrane is, in fact, the velocity of the permeated
mass flow per unit area of membrane. From this viewpoint, at the steady state, the water flux of the
full scale PRO membrane can be expressed as,

d(AVP):de(Am); Ag, = p,AVY, (7)

where AV, is the permeated flow rate of water, and A is the area of the membrane. Ag, is the
mass flow rate of the permeation and p, is the density of the permeation which is changing along
the membrane channel depending on the local hydrodynamics and membrane condition. Therefore,
at a particular position, the water permeates from the feed side to the draw side due to the non-
zero net driving force. The flow rate of the local permeation (both volumetric and mass flow rates)
can be estimated based on the local condition of the solution and membrane. In addition, when RSP
effect is included in the modelling, the transportation rate of the reverse solute permeation is also
crucial and can be expressed as

d(AV,)=Jd(A,);  Am,=p,AV, (8)

where AV, and Am; are the volumetric flow rate and mass flow rate of the reverse solute flow,
respectively. p is the density of the reverse solute flow. Similar to density of permeation, density of
reverse solute flow is also a local variable which is changing along the flow channel.

The flow rates in the both the draw and feed solution and concentration, are assumed to be only
varied along the membrane channel from the inlet to the outlet. It indicates that the flow can be
considered as a one dimensional flow problem for each channel. Therefore, based on the mass
balance, the concentration and flow rate of the draw solution and the feed solution in the channels
can be presented as
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where the superscript 0 denotes the state of the concentration and flow rate at inlet. From the
perspective of the process performance, the specific extractable energy (SEE) of a constant-pressure
PRO process is

APV, (10)

The SEE is the energy extracted per flow rate of the initial feed solution. For a PRO process in
coastal regions using natural salinity gradients to generate electricity, such as seawater and
freshwater/river, compared to the enormous volume of the seawater, the available volume of the
low concentration stream is always limited and thus needs to be utilized efficiently. Therefore, the
SEE of a PRO process is, accordingly, defined and used as one of the objectives of this study.

Moreover, in order to evaluate the average membrane performance, another objective, average
power density (APD), is defined as

e= C—-PRO"F (11)

The details of the steady-state model and modelling framework of PRO can be found in our
previous work [21]. Based on the models, the simulation of the two flow schemes was carried out
with the following assumptions: i) a constant hydraulic pressure is applied on the draw solution, and
no pressure is applied on the feed solution and pressure drop through the flow channel is negligible
in the case of both feed and draw solutions of both the flow channels; ii) osmotic pressure is linearly
proportional to the concentration difference based on the modified van’t Hoff law [27]. In the
salinity range of 0-70 g/kg, the modified linear osmotic pressure approximation is validated and the
maximum deviation is found to be 6.8% [17, 18]; iii) mass flow rates are averaged over the cross-
sectional area of the two flow channels. Accordingly, it becomes a one-dimensional problem in each
flow channel, and the mass transfer coefficient is constant when the effect of ECP is considered; iv)
membrane fouling and deformation is ignored. And the membrane water permeability coefficient,
salt permeability coefficient and structure are assumed to be constant in different operating
condition. v) From the previous studies, it is observed that the insignificant effect of density variation
on the solutions obtained in the range of salinity studied [28, 29], for simplicity, a constant density of
the water is used for both draw and feed solutions [30], which is 1,000 kg m>. The efficiency of the
components in a PRO process, including HP, ERD and HT, are considered as 100% in section 3 and 4
and the influence of the inefficiency is investigated in section 5.

In this work, sensitivity analysis and process characteristics of PRO with respect to operating
condition, membrane properties and components (HP, ERD and HT) are aimed to be studied. The
analysis can be achieved through a series of simulations with different parameters. In each
simulation, all the parameters are given and the process performance in terms of SEE and APD can
be evaluated. The flowchart of the numerical work is illustrated in Fig. 2.
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Fig. 2. Flowchart of the sensitivity analysis and process characteristics of PRO in this work.

A database of PRO process variables including operating conditions, membrane properties, and
components efficiencies is identified first. For each case study, a particular combination of the
variables is selected. In the simulation, with selected design parameters and operations in the
simulations, the salt concentration of the draw and feed solution are updated by substituting water
flux represented by equations (5) and reverse solute flux represented by equation (6) into
permeated water mass flow rate expressed by equation (7) and accumulated solute permeation rate
expressed by equation (8). A system of ordinary differential equations (ODEs) on mass rates of
permeated water and reverse solute permeation can be obtained to describe the steady-state PRO
process. Moreover, with the inlet and outlet conditions of the co-current and counter-current flow
PRO discharge, the ODEs can be solved, and profiles of water flux and power density can be obtained
with the increase on the process scale. Then, the SEE and the APD can be obtained by equation (10)
and (11). After the evaluation of a particular PRO process performance, the next combination of the
variables is selected for the simulation. If all the combinations of the pre-defined variables are
studied, the simulation stops and all the results of the SEE and APD are used to be compared and
analyzed to address the influences of operating operation, membrane properties and components
efficiencies. The ODEs are implemented in MATLAB software and solved by the ode-solvers.



3. Influence of operating conditions on performance of the scaled-up PRO process

Generally, the parameters of salinities include concentration and mass flow rates of both the
high and low concentration solutions. The available natural saline streams that are potential draw
solution comprise seawater and brackish water. Conversely, the low concentration water, such as
river, sewage, industrial wastewater and private effluent can be used as feed water. In addition,
brackish water and seawater can be considered as the feed solution if the high concentrated brine is
available. In order to reduce the propensity of the membrane fouling, the streams need to be pre-
treated. In this study, relationship between the mass flow rates of the two solutions is described by
dimensionless flow rate, ¢, which is feed fraction and defined as the ratio of the initial mass flow

rate of the feed solution to the sum of the initial mass flow rates of both feed and draw solutions
which can be represented as

_d
g +d;

(12)

where g; and g are the initial flow rates of the draw and feed solution, respectively.

One of the important operating conditions is the hydraulic pressure applied on the draw solution.
A constant hydraulic pressure difference is applied in the PRO process. For a full scale PRO discharge,
the balance is established between the osmotic pressure difference and the hydraulic pressure
difference at the outlet of the membrane module.

In this study, furthermore, a parametric study of applied pressure is developed in the scaled-up
PRO process and a comparison of the influences of the hydraulic pressure on the SEE and the APD
are carried out in both the co-current and the counter-current flow schemes. The results are shown
in Fig. 3 in which the SEE are represented by colour-map and the APD are represented by contour-
line. Three cases of the dimensionless flow rates, 0.2, 0.5 and 0.8, are selected for representing the
low, medium and high dimensionless flow rates. The selection of these three ratios aims to
represent different feed fractions of the possible salinity gradients. The scale of the membrane area
is studied in terms of specific membrane area which is the membrane area per initial flow rate of the
feed solution. The investigated specific membrane area is up to 0.4 m” per 1 L-h™ feed solution
which is sufficient for a full scale PRO discharge in different operations. The other parameters are
listed in Table 1. Constant initial flow rate of the feed solution is considered in this study. Thus, the
membrane area is proportional to the specific membrane area and can be obtained based on the
initial flow rate of the feed solution and specific membrane area.

TABLE 1 Parameters used in simulation of the scaled-up PRO.

Parameters Value
Concentration of the draw solution 35 g/kg
Concentration of the feed solution 0.1g/kg

Mass transfer coefficient 138.6 Lm?h™ [11]
Diffusion coefficient 1.49x10° m? s* [31]
Modified van’t Hoff coefficient 0.7307 bar kg g* [18] at 298 K
Initial feed flow rate 1L-ht
Membrane permeability coefficient 1.74 L m*-h'bar'[11]




Membrane solute permeability coefficient 0.16 Lm™>-h™*[11]
Membrane structural parameter 307 um [11]

According to the results, at the same dimensionless flow rate, the trade-off relationship between
the SEE and the APD can be found. When a large scale of the membrane is used, the SEE is found to
be high while the APD is found to be low. Conversely, at a small specific membrane scale, the SEE is
very low when the APD is high. It is the result of the vanishing net driving force of the permeation
due to the dilution of the draw and the concentration of the feed during the PRO discharge. Thus, in
order to increase the membrane efficiency and reduce the membrane cost, a high APD should be
aimed to achieve with the loss in the SEE. In addition, comparing the SEE between the two schemes,
it is easy to find the advantageous efficiency of the counter-current flow scheme in the energy
extraction. On the basis of the colour-map of SEE, the SEE of the counter-current flow scheme is
larger than that of the co-current flow scheme at a particular dimensionless flow rate, especially in a
high specific membrane scale. In contrast, the differences of the APD between the two flow schemes
are not obvious, especially in the range of high APD. Comparing the contour-line of APD 3 and 5
W/m?, the range of the dimensionless flow rate and the membrane scale are quite similar. At the
dimensionless flow rate 0.2, the range of the APD larger than 1W/m? has a slightly wider validated
specific membrane area in the counter-current PRO process. Therefore, from the perspective of the
APD, there is no obvious difference between the co-current and the counter-current flow scheme in
the range of high APD. Conversely, with the increase on the specific membrane scale, in the range of
the low APD, enhanced performance of the APD can be achieved in the case of the counter-current
flow scheme.

However, operating pressure and membrane usage in a PRO process are always concerned. A
high pressure operation requires high performance membrane module with proper spacer,
membrane property and design. And a large membrane usage significantly affects the capital
investment and maintenance cost. Based on the map of SEE and APD shown in Fig. 3, as a result, the
PRO process can be possibly operated at a lower pressure with less membrane scale to achieve the
same APD if the loss of part of the SEE is acceptable. The appropriate operations can be selected
along the contour lines of APD in the range of lower hydraulic pressures and smaller specific
membrane area.

Moreover, according to the results shown in Fig. 3, the most important influential factor to
determine the SEE and APD of a membrane module is the dimensionless flow rate. In Fig. 3, the
most validated operations to achieve the economically viable APD (>5 W/m?) is largest in the
process with a dimensionless flow rate 0.2. In contrast, in the case of dimensionless flow rate 0.8,
there is the smallest range of the preferred operations whose APD is economically viable. And the
maximum SEE is significantly large when the dimensionless flow rate is 0.2. Therefore, from the
perspective of the salinity energy generation and the overall membrane performance in the
membrane module, a low dimensionless flow rate is preferred.

10



@#=0.2 SEE ¢=0.5 SEE $=0.8 SEE
Bar kWh/m’ bar kWh/m’

2 w B ¢
g LECI ] a
o o H @
o lo2s @ a
(a) = (SSTEI- 1 o
= os £ £
g o g S
4 — 005 a g.
O 01 04 o O oo 01 04
Specific membrane area Specific membrane area
m /(Lh ) SEEJ m /{L-h 1) SEE
kWh;‘m kWh;‘m
g g g
3 = 3
3 u,w -1 @
2 g e
o fo2s @ o
(b) = o o
c = c
£ 015 = =
g & g
a uos g' -3
O S - & 3 o
Specific membrlane area Specific membrane area Specific membrane area
m’ /{L-h?) m’ /{L-h") m’ /(Lh?)

Fig.3. Influence of the applied hydraulic pressure on the performance of the scaled-up PRO process. The results of the co-
current and the counter-current PRO processes are shown in row (a) and (b), respectively. Three dimensionless flow rates,
0.2, 0.5 and 0.8, are selected representing different conditions of the salinity gradients. The SEE are represented by colour-
map and the APD are shown in contour-line.

4. Influence of membrane properties on the performance of scaled-up PRO process

At the heart of the membrane process, membrane performance is always one of the hottest
topics in the field. The permeability-selectivity trade-off relationship commonly exists and governs
the separation membranes [32-34]. Previous studies have demonstrated that the enhanced PRO
membrane performance was attributed to the high water permeability of the active layer coupled
with a moderate salt permeability and the ability of the support layer to suppress the leakage of the
salt into the porous support layer [12]. Several detailed studies on the membrane properties and the
influences on a coupon-scale PRO process can be found in the literature [11, 12, 31]. However, the
sensitivity analysis of the membrane properties has not been studied in the case of a scaled-up PRO
process. Therefore, in this section the performance of the scaled-up PRO process with different
membranes is presented. First the identified trade-off membrane permeability and selectivity is
introduced in Section 4.1. And a sensitivity analysis of the membrane properties is carried out in the
scaled-up PRO process in Section 4.2.

4.1. Trade-off relationship between the water and solution permeability of PRO membrane

A systematic study to determine the permeability-selectivity trade-off relationship for the thin
film composite (TFC) polyamide membranes can be found in [11]. According to their study, a trade-
off relationship between the water and salt permeability coefficients of TFC polyamide membranes
subject to chlorine-alkaline modification can be expressed as

B
L (Rg )ﬁ+1 p+1 (13)

where L is the thickness of the active layer, M,, is the molar mass of water, R, is the gas constant,
T is the absolute temperature, 4 and £ are the fitting empirical parameters. A set of the fitting

parameters are obtained based on the data from publications on the hand-cast polyamide PRO

membranes [11]. With this relationship between the permeability and selectivity of a TFC membrane,
11



a number of permeability-selectivity paired coefficients can be obtained. The fitting parameters used
in this study are shown in Table 2. Other parameters include temperature 298 K, molar mass of
water 18 g-mol™, and the gas constant 8.314 J-K™*-mol™.

TABLE 2

Fitting parameters for the permeability-selectivity trade-off relationship of the TFC membrane [11].

Parameter Value

Yi] 2

A 0.37x107 cm*/s?
) 6.11x107 s*/cm’

4.2. Sensitivity analysis of membrane properties

On the basis of the permeability-selectivity trade-off of the TFC membrane properties, from
recent literatures, membranes with satisfactory performance can be divided into low, medium and
high permeable membrane according to the water permeability in the range of 1.42 — 7.76 L m™-h’
'bar® [11]. In addition, the range of the structural parameter, S, is also restricted by the types and
functions of the membrane. The structural parameter usually ranges from 10-10,000 um, including
conventional TFC reverse osmosis membranes (S=10000 um) [12], hollow fibre membranes

(5§=600—1400 um) [35], hand-cast flat sheet membranes (S=300—-3000 um) [36] and nano-fibre
composite membranes (S=80-110 um) [37]. Therefore, membrane with water permeability
coefficient in the range of 0 to 8 L m>-h™bar'and the structural parameter of 10-10000 Mm are

selected to represent the possible membrane properties. According to the trade-off relationship
represented by equation (13), the corresponding membrane solute permeability coefficient is in the
range of 0 to 6.29 L m™>-h™". Thus, on the basis of the selected range of the permeability, selectivity
and structural parameter of the membrane, the sensitivity analysis of membrane properties on the
performance of the scaled-up PRO process can be carried out.

In order to achieve high APD of the membrane which is close to the economic viability, based on
the results in section 3, three specific membrane scales, 0.01, 0.5 and 0.1 m® /(L-h™), are selected.
For simplicity, dimensionless flow rate 0.5 is selected and the results are shown in Fig. 4 in which
both the co-current and the counter-current flow schemes are presented in row (a) and (b),
respectively. The optimum properties of the membrane properties achieving the maximum SEE and
APD at a particular structural parameter are presented by the dashed lines in all scaled-up PRO
processes studied. According to the results, generally, the enhanced performance is attributed to
the increased water permeability of the active layer coupled with a moderate salt permeability and
the ability of the support layer to suppress the accumulation of the leakage salt. On the left of the
dashed line, the increase on the membrane water permeability coefficient benefits the PRO process
because it allows a higher volume of water permeation, and hence, the SEE increases to the
maximum. In contrast, on the right of the dashed line, the salt leakage accumulated in the porous
layer overwhelms any benefit from a higher water permeability membrane due to the inherent
trade-off relationship.
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Consequently, at a very small scale of the PRO process 0.01 m* /(L-h™"), such as the coupon-
scale or lab-scale PRO process, the dilution of the draw and the concentration of the feed are not
significant. Thus, the SEE between the co-current and the counter-current process are similar to the
investigated peak power densities with the different membrane properties in [11]. Furthermore,
with the increase on the specific membrane scale, different level of influences of membrane
properties on the scaled-up process performance is observed. In both the co-current and the
counter-current flow PRO processes, with the increase of the specific membrane scale, the
maximum SEE occurs at a lower membrane water permeability coefficient especially in the range of
low structural parameter. For example, in the co-current PRO process as shown in row (a), the
maximum SEE profile (dashed line) occurs at a lower membrane permeability coefficient with the
low structural parameter. The optimum membrane permeability represented by the dashed line is

nearly 8 L m>-h'bar® in PRO scale 0.01 m’/(L-h™), is nearly 4 L m™>-h™bar™ in PRO scale 0.05

m’ /(L-h™"), and is slightly higher than 2 L m™?-h™*bar™in PRO scale 0.1 m* /(L-h™*) at the structural
parameter 10 pum. Similar trend has been also found in the counter-current flow scheme. This
indicates that with the different specific membrane scale of the PRO process, the balance of the
trade-off between the permeability and selectivity to achieve the maximum SEE varies. The
detrimental effect of the RSP plays a more significant role with the increase on the specific
membrane scale. And thus, the increased specific membrane scale requires the preferred membrane
properties to move to the higher selectivity of the membrane to mitigate the solute leakage and to
achieve the maximum SEE extraction.

In addition, comparing the dependency of the membrane properties in the case of the two flow
schemes, the membrane performance is also different. It is found that the maximum SEE profile
occurs at slightly higher membrane permeability in the counter-current flow scheme. When the
structural parameter is low, the preferred membrane permeability shifts to the high value obviously,
as shown in Fig. 4. This means that the ability to increase the SEE by enhancing the membrane
permeability is better for the counter-current flow scheme. A higher reverse solute permeability
coefficient is acceptable for the counter-current PRO process to access a higher permeable
membrane. As a result, the counter-current flow scheme performs better than the co-current flow
scheme and more SEE and APD can be achieved in the counter-current flow schemes with the same
salinity gradients using a higher permeable membrane.

Therefore, from the perspective of development and selection of the high performance
membrane in a scaled-up PRO process, the requirements may be different from those for the
maximum peak power densities. First, due to the accompanying increase in the solute leakage, high
permeable membrane is not always the better choice for the energy extraction when the scale of
the process increases. For a large scale PRO process, a medium or a low permeable membrane may
be more efficient in order to reduce the accumulated solute leakage. Furthermore, different flow
schemes of the PRO process are suited to different membranes for the maximum SEE extraction.
Therefore, for a specific flow scheme, the selection of the membrane should be considered.
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Fig. 4. Influence of membrane properties on the performance of the scaled-up PRO process. The results of the co-current
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permeability coefficient on the x-axis. A and B are defined in Equation (13)

Due to the accumulative reverse solute leakage, high permeable membrane may result in a poor
performance in a scaled-up PRO process, according to the SEE and APD shown in Fig. 4. Moreover,
there is no operation to meet the targeted economically viable APD (5 W/m?) in specific membrane
scale 0.05 and 0.1 m’/(L-h™). Does it mean the technology is difficult to scaled-up? Actually,
equation (13) and the fitting parameters shown in Table 2 to describe the trade-off permeability-
selectivity of membrane are empirical correlation and parameters. These empirical correlation and
parameters are built up mainly based on membrane developed no later than 2011. Recently, with
the rapid development of the high performance membrane, the trade-off permeability-selectivity of
the membrane has been considerably improved. Several improved membranes are found from
literatures and listed in Table 3. However, in order to meet the economic viability, how much
improvement do we need? An analysis is presented in this section to find a solution.

TABLE 3 Several membranes from literatures in 2012 - 2015. B, is membrane salt permeability coefficient based on

equation (13).

Publications A [L/(m*-bar-h)] B [L/(m°-h)] B, [L/(m’h)] B/B,,
Han et al. (2015) [38] 3.3 0.31 0.44 70%
Wan et al. (2015) [39] 3.4 0.28 0.48 58%
Zhang et al. (2015) [40] 3.5 0.31 0.53 58

Han et al. (2014) [41] 43 0.47 0.98 48.0%
Achilli et al. (2014) [42] 5.11 0.087 1.64 5.3%
Chou et al. (2012) [43] 3.32 0.14 0.45 31.1%

14



Therefore, a series of the PRO processes with different membranes and operating conditions are
studied. It includes the ideal PRO process that has no CP or RSP, and the PRO process using different
membranes. For ideal membranes, only water permeates across the membrane and the salts are
fully rejected. And if the selectivity of the membrane can be improved with no loss on the water
permeability, the performance of the scaled-up PRO process can be enhanced and shifts the
economically viable PRO towards the larger specific membrane scale. As shown in Table 3, current
membranes for PRO develop rapidly and the membrane permeability-selectivity has been improved.
The relative salt permeability coefficients of the membranes, B/BEq, are reduced significantly. It

demonstrates that the improvement on the membrane salt rejection can be done without the
sacrifice of the water permeability. Therefore, in order to evaluate the potentials of the improved
membranes, four virtual membranes are selected to represent the current and further improvement
on the membrane. The virtual membranes have 0%, 10%, 30% and 50% of the relative solute
permeability coefficient based on the trade-off permeability-selectivity relationship represented by
equation (13). In other words, with the same water permeability of the membrane, the selectivity is
improved at different levels for the four virtual membranes. In addition, two specific membrane
scales, 0.05 m> /(L-h™") and 0.1 m? /(L-h™"), are selected for the simulation. For convenience, only
the performance of the co-current PRO process is illustrated. The results are shown in Fig. 5 in which
several figures are shown with respect to the performance of the PRO process with different
membranes and operating conditions. The SEE and APD are represented in colour-map and contour-
line, respectively. The dimensionless flow rate is 0.5.

The results of ideal-PRO (I-PRO) modelling without the CP or RSP indicate the limiting
performance of the SEE and APD in the two specific scale PRO processes to extract the energy from
the mixing of seawater and wastewater. As shown in I-PRO modelling, the maximum SEE of the PRO

process with specific membrane scale 0.1 m* /(L-h™") is slightly higher than that with the small scale

0.05 m’> /(L-h™"). In fact, the rapid reduction on the APD with the increase in the membrane scale is
due to significantly reduced efficiency of the mass transfer. The maximum water flux occurs at the
inlet and reduces rapidly along the membrane channel. As a result, the limiting maximum APD is
significantly decreased when the scale of the PRO process increases. The limiting maximum APD is
only 3.1821 W/m? in PRO of specific membrane area 0.1 m’ /(L-h™*). This means that the economic
viability of power density can never be achieved in this configuration with the selected salinities.
Comparing the results of PRO process with different membrane solute permeability coefficients,
the effect of the accumulated solute leakage on the different scale of the PRO can be evaluated. If
there is no RSP in which membrane with zero solute permeability coefficient, the higher permeable
membrane results in better performance of PRO process at a particular structural parameter.
However, the CP effects cause significant reduction in the overall performance of the scaled-up PRO
process. Especially in the PRO process using high permeable membrane, the maximum APD reduces
rapidly with the increase in the structural parameter. Furthermore, compared to the remaining
results shown in Fig. 5 when the RSP effect is considered, the overall performance of the scaled-up
PRO process is found and the particular balanced membrane properties are identified. As shown in
Fig. 5, with the increase on the membrane solute permeability coefficient, the optimum membrane
properties move to the lower water permeability coefficients. Generally, a large solute permeability
has two negative impacts on the performance: it reduces the peak water flux at the inlet and
accelerates the solute leakage from the draw to the feed along the flow channel. In such a case, a

low peak water flux occurs at the inlet and declines very fast due to the increasing feed
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concentration. Thus, due to the rapidly reducing net driving force across the membrane, the water
permeation is significantly decreased compared to the I-PRO and the accumulated leakage
significantly reduce the net driving force compared to the results of the PRO with zero salt
permeability coefficient. As a result, both the SEE and APD are reduced with the increase in the
solute permeability. And the balanced membrane permeability-selectivity is moved

In fact, for a scaled-up PRO process, in order to meet the economically viable power density, a
complex issue needs to be addressed. On one hand, for maximizing the SEE, the scale of PRO process
should be increased to reach the maximum water permeation from the feed to the draw. On the
other hand, the increasing scale significantly reduces the economic viability of the membrane. Thus
an optimum specific membrane scale for PRO process is constrained for the economic viability. On
the basis of the analysis on the improvement of the membrane selectivity, when the better
membrane is used in PRO process, the larger scale of the process meeting the economic viability can
be achieved. For example, as shown in Fig. 5, under the selected flow conditions and salinities, the
maximum APD of the PRO with specific membrane scale 0.05 m* /(L-h™") is 5.2371, 4.8750 and
4.6847 W/m?” for the three membranes with 10%, 30% and 50% of the solute permeability based on
the trade-off relation represented by equation (13). It indicates that the economic viability of the
PRO process using the membrane with 10% of the solute permeability can be achieved in the specific
membrane scale 0.05 m’/(L-h™). In contrast, using another two membranes, the specific
membrane scale needs to be further reduced to meet the economically viable power density.
Therefore, the economic viability is an overall result of the specific membrane scale, membrane
properties, and conditions of salinities and flows.
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Fig. 5 Membrane sensitivity and process characteristics of co-current PRO. Aﬂlﬂ
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5. Influence of process components efficiencies on the performance of the scaled-up PRO process
In the simulations of the scaled-up PRO process above, the performance is evaluated at the
membrane module level, the inefficiencies of the process components are not considered. The HP,
ERD and HT are all considered with 100% efficiency. However, in real applications, the energy losses
in these components have a significant impact on the performance of the process. The efficiencies of
the HP, ERD and HT are represented by 7,,, 7, and 7,,. Therefore, considering these machines’

inefficiencies, the APD of a PRO process can be changed to

eEff _ APPROAVPUHT — VE?APPRO (1 ~Nerop ) / e

C-PRO —
A

(14)

M

For simplicity, with the negligible change on the density of the water during the PRO process, the
ratio of the volumetric rates can be represented by the dimensionless flow rate, ¢ . Accordingly, the

APD of the PRO process considering the inefficiencies can be further written as

Eff (1 B ¢)APPRO (1 ~erp )VI-?

e =€
APy

(15)

c-prO — ©c-prO!IHT —

where e__,., is the APD of PRO with 100% efficiency components.

According to equation (15), it indicates the energy losses due to the inefficient machines can be
divided into two main categories: energy loss in the salinity energy generation by HT which is
considered by e._..,7,,, and energy loss in pressurizing the draw solution by ERD and HP which

presented by the second part in equation (15).

Generally, the efficiency is dependent on the operating condition of the component. Efficiency of
HP is highly a function of capacity, which depends on flow rate. The best efficiency can be achieved
at the certain operational condition. For example, the choice of Ashkelon HPs brought the maximum
possible pump efficiency 88.5% at its best point [44]. The best HT can be efficient hydraulically in the
range of 80 to over 90%, and micro-hydro systems tend to be in the range of 60 to 80% efficient [45].
In addition, ERD available in the market mainly includes the Pelton Wheel, turbocharger, SWEER and
Pressure Exchanger [46]. Compared to previous ERDs, such as Francis turbine, the efficiency of
Pelton Wheel remains constantly high even during variations in the pressure and flow of feed, which
is about 80 — 85% [47]. The hydraulic turbocharger is of the centrifugal type and has been in use
since 1990s [48]. It consists of a HT and a HP. It is flexible in operation, easy to install and energy
efficient compared with previous ERDs. The maximum efficiency achieved is 89-90% [48]. Different
from the ERDs such as Pelton Wheel and turbocharger converting the hydraulic energy of brine to
mechanical energy then to hydraulic energy, the DWEER and Piston pressure exchanger PX achieves
the energy recovery by direct transfer of energy from hydraulic to hydraulic. As a result, the
efficiency of PX is larger than 95%, up to 98% [49].

At the early stage for a preliminary analysis of the scale-up PRO process, for simplicity, constant
efficiencies of the machines are assumed. Therefore, several sets of the possible efficiencies of the
components are selected for further study, which are listed in Table 4 to represent the different
components operated at the possible conditions (EFF1-EFF8) and an ideal condition (EFF9). The

influence of the inefficiencies of the components is studied in the scaled-up PRO process in terms of
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the APD considering different specific membrane area. In the simulation, due to the unchanged
initial flow rate of the feed solution, the SEE can be estimated based on the APD and the specific
membrane scale. Three dimensionless flow rates are selected for representing the low, medium and
high dimensionless flow rates. The membrane properties are the same to the membrane used in
Section 3. First the co-current flow scheme is considered.

TABLE 4 Selected sets of the components for the analysis of the machines’ efficiencies.

Efficiency EFF1 EFF2 EFF3 EFF4 EFF5 EFF6 EFF7 EFF8 EFF9
NO

Efficiency of | 70% 70% 70% 80% 90% 70% 70% 90% 100%
HP

Efficiency of | 80% 80% 80% 80% 80% 85% 90% 90% 100%
HT

Efficiency of | 98% 95% 90% 90% 90% 90% 90% 98% 100%
ERD

The results are shown in Fig. 6 in which the nine sets of the machines are evaluated. The results
clearly indicate that the hydraulic energy losses play a significant role in the PRO process.
Theoretically, with the ideal machines (EFF9), because there is no energy loss of the pressurization,
the maximum APD of a PRO process with a particular dimensionless flow rate should be achieved at
the infinite small membrane area and is close to its peak power density as shown in Fig. 7(1). It is due
to the maximum SEE achieved when a small amount of the feed solution mixed with the infinite
draw solution in the level of the membrane module, namely at low dimensionless flow rate. As
shown in Fig. 3, the maximum APD is located at the low dimensionless flow rate and low specific
membrane scale. However, when the inefficiencies of the pressurization and expansion are
considered in the system level, these hypothetical conclusions of the theoretical optimum cannot be
realized in practice as illustrated in Fig. 6(a) — 6(h). For example, as shown in Fig. 6(h), although
highly efficient machines are used, the APD characteristic of scale-up PRO process is significantly
changed.

At a small membrane scale PRO process with a low dimensionless flow rate, the flow rate of the
draw solution is relatively bigger than the flow rate of the feed solution. Although high APDs can be
achieved in the membrane module level at a low dimensionless flow rate, it reduces significantly
considering the energy losses in the pressuriation components in the system level. It is a result of the
high flow rate of the draw solution being pumped and pressurized. Actually, at the small
dimensionless flow rate, the energy loss during pumping and pressurizing the large volume of the
draw solution overwhelms the salinity energy extracted from the permeation. Especially in the PRO
at small specific membrane area, because of the limited salinity energy generated (limited SEE at the
small specific membrane area as shown in Fig. 3), APD is significantly decreased. According to the
results shown in Fig. 6(a) — 6(h), by using the set of components without 100% efficiencies,
significantly reduced APDs are observed in all cases at the small specific membrane area. And with
the increase on the inefficiency of the machines, the reductions of the specific membrane area are
enlarged and the maximum of the APDs move to a large specific membrane area.

Furthermore, with the increase on the dimensionless flow rate, although APDs are reduced in
the membrane module level, energy losses are also decreased due to the low flow rate of the draw
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solution. As a result, the overall APD might be higher than that with a lower dimensionless flow rate.
As shown in Fig. 6, the APDs of the PRO at the dimensionless flow rate 0.2 change significantly from
(a) — (h) compared to those at the dimensionless flow rate 0.5 or 0.8. Due to the significantly
decreased performance of the PRO at the low dimensionless flow rate, the PRO process with higher
dimensionless flow rate, such as 0.5, shows better performance of the membrane in terms of APD at
several studied cases. For example in Fig. 6(c), 6(d), 6(e), 6(f) and 6(g), the APDs of PRO with
dimensionless flow rate 0.5 are larger than those with dimensionless flow rate 0.2. Thus, the
optimum operation is shifted to a higher dimensionless flow rate. Furthermore, comparing the APDs
of the PRO at dimensionless flow rate 0.5 and 0.8, it is found that the maximum APDs of the two
operating conditions are similar in the study cases as shown in Fig. 6(a) — 6(h) but the optimum
specific membrane areas are smaller for the scaled-up PRO with the dimensionless flow rate 0.8.

In addition, comparing the three machines considered, HT, HP and ERD, the efficiency of ERD is
more sensitive to the performance of the PRO process. It is due to the fact that the pressurization of
the initial draw solution is mainly done by the ERD by recycling the hydraulic energy of the brine and
only the extra energy consumed by HP to cover the energy loss in the recycling due to the
inefficiency of ERD. As shown in Fig. 6(a), 6(b) and 6(c), with the efficiency of ERD reduced from 98%
to 95% and 90%, significant reductions of APD are found in all three operating conditions. However,
according to the results of different HPs which are shown in Fig. 6(c), 6(d) and 6(e) and the results of
different HTs which are shown in 6(c), 6(f) and 6(g), changes on the APD is less obvious.

Results shown in Fig. 6 are based on co-current flow scheme. Comparison between the two flows
schemes are shown in Fig. 7 in which two sets of efficiencies are selected. The results show the
increasingly preferred performance of the counter-current flow scheme when the specific
membrane area increases. It is a result of the enhanced performance of the counter-current flow as
shown in Fig. 3 to increase the salinity energy generation in the first part of equation (15).
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Fig. 7 Comparison between the co-current and the counter-current flow scheme.



6. Conclusion

A systematic evaluation and comparison between the co-current and the counter-current scaled-
up PRO process is developed in this study. The significant operating conditions and design
parameters of a scaled-up PRO process are investigated. It includes the hydraulic pressure applied
on the draw solution, the initial flow rates of the draw and the feed solution, the permeability and
selectivity of the membrane, structural parameter, and the inefficiencies of the process components
such as HP, ERD and HT. On the basis of the results, some conclusions can be drawn: 1)
dimensionless flow rate has an important role in the performance of the scaled-up PRO process in
terms of both the SEE and the APD in the membrane module level. At a particular dimensionless
flow rate, the process performance between the co-current and the counter-current flow scheme is
not significantly different in high APD operations; 2) In the scaled-up PRO process, with the increase
on the specific membrane scale, the detrimental effect of the RSP becomes significant. The
accumulated solute leakage shifts the maximum SEE occurring at the lower membrane permeability
in a larger scale PRO process. The ability to increase the SEE by enhancing the membrane
permeability is better in the case of the counter-current flow PRO process.; 3) The machines’
inefficiencies drive the maximum APD occurring at a higher dimensionless flow rate to reduce the
energy losses in pumping and pressurization and a higher specific membrane scale to increase the
salinity energy generation. The energy losses caused by the inefficiencies shrunk the salinity energy
generation, especially at the small dimensionless flow in a small scale process.

Nomenclature

A Membrane water permeability coefficient, L-m?-h*.bar™

Ay Membrane area, m’

B Membrane salt permeability coefficient, L-m?-h*

B, Paired membrane salt permeability coefficient based on Eq. (13), L-m?-h™*
(o Concentration of solute in bulk of draw solution, g-kg*

Com Concentration of solute at surface of membrane in draw solution, g-kg*
C; Concentration of solute in bulk of feed solution, g-kg™

Crom Concentration of solute at surface of membrane in feed solution, g-kg*
Cos Modified van’t Hoff coefficient, bar-kg-g*

D Bulk diffusion coefficient, m?.s*

e Average power density, W-m?
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Specific extractable energy, kWh-m*®

C—PRO
Ju Water flux, L-m?-h?
Jg Solute flux, L-m?-h?
k Mass transfer coefficient, L-m?-h*
L Thickness of the active layer, m
mg Solute permeation, kg-h*
M, Molar mass of water, g-mol™
R, Gas constant, J-K*-mol*
S Structural parameter, m
t, Thickness of the porous layer, m
VF0 Initial volumetric flow rate of feed solution, L-h*
0
w Power density, W-m?
Greek symbols
AP, Hydraulic pressure applied on draw solution, bar
Aq, Mass flow rate of water permeation across the membrane, kg-h™* AV,
Volumetric flow rate of water permeation across the membrane, L-h*
AV Volumetric flow rate of RSP across the membrane, L-h?
Ar, Osmotic pressure difference across the membrane, bar
o Thickness of the boundary layer, m
T Tortuosity of the support layer
£ Porosity of the support layer
Yo, Density, kg-m*
i Dimensionless flow rate
o] Fitting empirical parameter
A Fitting empirical parameter, cm*-s?

Subscripts and superscripts



0 Superscript denoting initial condition

C—-PRO Subscript denoting constant pressure PRO process

D Subscript denoting draw solution

eff Superscript denoting PRO process considering real machines
ERD Subscript denoting energy recovery device

F Subscript denoting feed solution

HP Subscript denoting high pressure pump

HT Subscript denoting hydro-turbine

P Subscript denoting permeation
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